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1.0 CATALYTIC UPGRADING OF COPROCESSING LIQUIDS
1.1 Introduction

Aromatics in diesel fuel contribute greatly to the formation of harmful emissions from the
exhaust gases of diesel engines; thus, a high aromatic content significantly lowers the quality of
transportation fuels. With the implementation of strict environmental regulations for fuel
composition and limitations on the aromatic content, deep hydrogenation of aromatic compounds
in distillate fuels like jet fuel has received considerable attention.

Any fuel precursors inevitably contain small amounts of impurities that will deactivate
catalysts and must be removed. Among the most common impurities are sulfur compounds.
Conventional hydrotreating catalysts such as sulfide Ni-Mo and Co-Mo supported on alumina
have the advantage of high tolerance to sulfur in the feedstock, but they become active only at
relatively high temperatures. A reaction temperature >300 °C is typical for conventional
hydrotreating processes [1]. Some undesirable reactions such as hydrocracking and
dehydrogenation increase with temperature. On the other hand, hydrogenation of aromatics is
highly exothermic, and is, therefore, thermodynamically favored at a lower reaction temperature.
Hence, a high reaction temperature shifts the equilibrium toward a higher aromatic content in the
equilibrium composition. Deep hydrogenation of aromatics requires a high concentration of
hydrogen to offset the limitation of the thermodynamic equilibrium conversion at high
temperature [1], thus making the process very uneconomical.

Noble-metal catalysts are active for the hydrogenation of aromatics, even at low
temperatures, but they are susceptible to poisoning by sulfur-containing compounds. In current
processing schemes, multiple catalyst beds are used to achieve deep desulfurization and deep
hydrogenation. In the first stage, hydrodesulfurization takes place over a Ni-Mo or Co-Mo
catalyst followed by intermediate byproduct gas removal, and finally, hydrogenation over the
noble-metal catalyst occurs in the bottom bed where the concentrations of catalyst poisons
(organosulfur and H,S) are very low. There are no reports of noble-metal catalysts that can
operate without such intermediate H,S removal [2]. Noble-metal catalysts with high sulfur
resistance, if possible to develop, will allow hydrotreating at substantially lower temperatures
and pressures, and can lead to a major improvement in refining efficiency and economics.
Because of its importance, sulfur resistance of noble-metal catalysts has been the subject of
several recent publications [1, 3, 4]. When noble metals are supported on acidic materials like
zeolite, the resistance to sulfur can be significantly increased.

This work focuses on the potential of zeolite-supported Pd catalysts for low-temperature
hydrotreating of distillate fuels in the presence of organic sulfur compounds. Hydrogenation of
naphthalene in n-tridecane was chosen as a model reaction for hydrotreating, and
benzothiophene was added into the reaction system as a model organic sulfur compound. The
zeolite supports, mordenite and ultra-stable Y zeolite, were selected because they are distinctly
different from conventional supports such as alumina and titanium, and may offer several
advantages.



The model-compound test will help the ongoing effort to develop advanced thermally stable
jet fuels from coal-derived liquids and petroleum, where both complete and partial
hydrogenation reactions of naphthalene-type compounds are important. Complete saturation of
naphthalene gives decalins which show much higher thermal stability than long-chain alkanes,
while partial saturation produces tetralin which can substantially inhibit the thermal degradation
and solid-forming tendency of long-chain alkanes in jet fuels at high temperatures.

1.2 Experimental Section

1.2.1 Catalyst Preparation

Zeolite-supported Pt or Pd catalysts were prepared from the hydrogen form of the synthetic
mordenite HM38 and the hydrogen form of a series of ultrastable Y zeolite (USY) support.
Table 1 lists the supports and their nominal properties. The catalysts were prepared by incipient-
wetness impregnation of an aqueous solution of tetraamminepalladium chloride ([Pd(NH,),]**
Cl,, Aldrich, 99.99+percent) dissolved in dilute hydrochloric acid (sufficient to form soluble
PdCl,*) to a nominal metal concentration of 2 wt percent. Following drying in a vacuum at 120
°C overnight, the catalysts were calcined in an air stream while the temperature was ramped from
room temperature to 450 °C at the rate of 2.0 °C/min and held at 450 °C for 4 hours. The metal
reduction was carried out in sifu during naphthalene hydrogenation tests under a high pressure of
hydrogen (1000 psig).

Table 1. Type of Support and Its Nominal Properties

support material surface area  Si0,/AL 0, Na,O supplier
ID type m?/g mol ratio wt% and code
USY12 Y zeolite 730 12.0 0.05 PQ, CBV712
USY20 Y zeolite 780 20.0 0.03 PQ, CBV720
USY40 Y zeolite 750 40.0 0.03 PQ, CBV740
USY80 Y zeolite 780 80.0 0.03 PQ, CBV780

1.2.2 Hydrogenation Procedure

All catalysts were tested at 200 °C for 2 hours (unless otherwise mentioned) in a 25-mL
stainless-steel microautoclave reactor. The reactor system is a T-shaped tubing bomb with most
of the internal volume in the horizontal tube that contains the catalyst and the reactants.

Typically, the reactor was charged with approximately 0.1 g of catalyst, 1.0 g of naphthalene
(Aldrich, 99 percent), 4.0 g of n-tridecane solvent (Aldrich, 99+percent), and 0.35 g of n-nonane
(Aldrich, 99+percent, anhydrous) internal standard. Benzothiophene was added in a controlled
amount for runs with sulfur. The charged reactor was flushed with H, (UHP) three times, then
pressurized to 1000 psig of cold H, to start the test. The reactor was mounted on a holder and
immersed in a fluidized sandbath preheated to a given temperature, usually 200 °C. Mixing was
accomplished by shaking the reactor vertically. '

After the reaction, the reactor was taken out of the sandbath and quenched in cold water, and
allowed to cool to room temperature. After cooling, the gas headspace was collected for



analysis, and the reactor was opened. The content was then filtered, and the liquid was analyzed
by GC-FID and GC-MS. The solid was washed with acetone and dried.

1.2.3 Product Analysis

Two instrumental setups were used. First, a Perkin-Elmer (PE) 8500 GC equipped with a
capillary column (DB-17) and an Flame ionization detector, and operated in the split-injection
mode was used to analyze the liquid products quantitatively. The oven temperature was
programmed from 40 to 200 °C at 5 °C/min with an initial isothermal time of 5 minutes to allow
for the evaporation of the acetone solvent. The injection volume was 0.02 ul for all samples.
The product identification was then based upon gas chromatography — mass spectrometry (GC-
MS) using a Hewlett Packard (HP) 5890 II GC connected with a HP 5971 A mass-selective
detector. The GC column was DB-2, and the temperature program was the same as for the PE
8500 GC. In addition, the identifications were further confirmed by running standard
compounds.

Since January 1999, the liquids obtained were analyzed quantitatively on a Schimadzu GC-
MS. A Schimadzu GC-17A equipped with a Restek XTI-5 column was connected to a
Schimadzu MC QP-5000 using a split ratio of 50 in which about 10 mg of liquid products were
dissolved in 10 mL of dichloromethane solvent. The temperature program was the same as that
used for the PE 8500 GC and HP GC-MS.

Both the GC and GC-MS indicate that cracking of n-tridecane and n-nonane, if any, was
negligible under the conditions used (200 °C, 1000 psig cold H,). The yield of products was
determined by quantitative GC analysis using n-nonane as an internal standard, and the
conversion was determined by the amount of naphthalene recovered after the reaction.

1.2.4 Catalyst Characterization

All catalyst characterizations, including Temperature-Programmed Reduction, Temperature-
Programmed Desorption, and Pulse Chemisorption, were performed using an AutoChem 2910
Analyzer, an automated catalyst characterization system provided by the Micromeritics
Instrument Corporation.

1.2.5 Temperature-Programmed Reduction (TPR)

The TPR was used to determine the number of reducible species present in the catalyst and
to reveal the temperature at which the reduction occurs.

The TPR analysis begins by passing an analysis gas, a mixture of 5.12 percent H,/Ar, over
the sample, usually starting at ambient temperature. While the gas is flowing at 25 mL/min, the
temperature is increased linearly with time from room temperature to 400 °C at the ramp rate of
10 °C/min, and the consumption of hydrogen by adsorption/reaction is monitored
simultaneously. Changes in the concentration of the gas mixture are detected, and this
information yields the hydrogen uptake on a volume basis.



1.2.6 Temperature-Programmed Desorption (TPD)

The TPD determines the number, type, and strength of active metal sites available on the
surface of a catalyst from measurement of the amount of gas desorbed at various temperatures.
After the sample has been outgassed in an argon flow, and reduced by pure hydrogen, or
otherwise prepared, a steady stream of analysis gas (H,) flows over the sample and reacts with
the active sites. Then programmed desorption begins when the temperature is ramped linearly in
time while a constant stream of inert carrier gas (Argon, 70 mL/min) passes over the sample.

At a certain temperature, the heat will overcome the activation energy, breaking the bond
between the adsorbate and adsorbent. The adsorbed species will then desorb. If different active
metals are present, they usually will desorb the reacted species at different temperatures. The
desorbed molecules enter the stream of inert carrier gas and are swept to the detector, which
measures the gas concentration. The volume of desorbed species, combined with the
stoichiometry factor and the temperature at which pre-adsorbed species desorb, yields the
number and strength of active sites.

1.2.7 Pulse Chemisorption

A pulse chemisorption analysis determines active surface area, percent metal dispersion, and
active particle size by applying a measured pulse of reactant gas to the sample. Pulse
chemisorption is performed in the same manner as TPD, except that the sample is dosed with the
analysis gas using the injection loop until each active site has reacted. Once the active sites have
completely reacted, the discretely injected gas volumes emerge unchanged. The amount
chemisorbed is the difference between the total amount of reactant gas injected and the amount
that did not react with the active sites of the sample.

1.3 Results and Discussion

The current study was focused on the effect of the SiO,/Al,O; ratio of the zeolite support on
naphthalene hydrogenation in terms of naphthalene conversion and product selectivity.

1.3.1 Sulfur Tolerance of Pd Catalysts Supported on USY

A series of accelerated sulfur tolerance tests was designed where benzothiophene was added
so that the sulfur-to-noble-metal atomic ratio ranged from about 1 to 10. The amount of sulfur
added was large enough to cover almost all the metal particles even if they were ideally
dispersed at the atomic level.

Figures 1-4 show the results of naphthalene hydrogenation over Pd/HY, using the four
different catalyst supports USY12, USY20, USY40, and USY80, respectively, with sulfur
addition in the form of benzothiophene. For the four different USY supports, the SiO,/Al,O,
ratios are 12, 20, 40, and 80, respectively, increasing in the order of USY12 < USY20 < USY40
< USY80.

Figures 1 and 2 show that with increasing S/Pd atomic ratio, the catalytic activity decreases
gradually in terms of naphthalene conversion from around 90 percent down to 20 percent or less.
In addition, the selectvities toward tetralin are low. The sum of hydrogenation products is also



far from unity, which implies that there were possibly many side reactions like coke formation
during the process of naphthalene hydrogenation.
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Figure 1. Effect of the Sulfur/Pd Atomic Ratio on Naphthalene Conversion and Selectivity
toward Tetralin and Decalin over Pd/USY12 in the Presence of Added
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Figure 3 shows that with increasing sulfur addition in the form of benzothiophene, the
naphthalene conversion drops rapidly, from 94.9 percent to 11.8 percent. However, the
selectivities to tetralin are much higher than those in the case of Pd/USY12 and Pd/USY20.
Moreover, the sum of the hydrogenation products is very near 100 percent, indicating fewer side
reactions taking place in this hydrogenation process. The same trend was observed for
Pd/USY80, which is shown in Figure 4.
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The best naphthalene conversion yields with respect to increasing sulfur loading were
obtained for USY12, while the selectivity toward tetralin was higher for USY&0.

The Si0,/Al,0; ratio is closely related to the acidity in the zeolite. Acid sites, especially
Bronsted-acid sites, act as adsorption sites for aromatics. They can donate H" to activate
aromatics via the formation of carbenium ions, which are involved in two kinds of reactions.

The desired hydrogenation reaction occurs when the carbenium ions are hydrogenated by
the spillover hydrogen activated and dissociated on the metal sites. The other reaction is coke
formation, where the carbenium ions react with other aromatics to form polynuclear aromatic
hydrocarbon and coke, through polymerization and condensation reactions.

The USY12 and USY20 have stronger acidities than do USY40 and USY80, due to the
larger acid site density caused by a lower SiO,/AlL,O; ratio. When naphthalene is activated to
form carbenium ions, the strong acid sites in USY12 and USY20 can capture carbenium ions
more firmly, so that it is very difficult for them to escape from these sites. In this way, there is a
higher probability for these ions to react and combine with each other, and finally form coke.
Thus, there is a substantial number of side reactions occurring in the hydrogenation of
naphthalene using USY12 and USY20. Therefore, in the hydrocarbon conversion reactions
catalyzed by bifunctional catalysts, a balance between the concentrations of metal sites and acid
sites has to be maintained for optimum activity and selectivity in metal/acid zeolite catalysts.

1.3.2 TPR Measurement

TPR curves for USY-supported palladium catalysts are shown in Figure 5. The TPR peak
profiles can be divided into two groups: (i) positive sharp peaks near 70 °C, which are due to H,
evolution from hydride decomposition, and (ii) negative broad peaks at high temperatures caused
by H, consumption, corresponding to the complete reduction of Pd* to Pd°.

The first positive hydrogen-production peak in the TPR is typical for palladium metals. In a
hydrogen atmosphere at room temperature, Pd metal can form a hydride exothermally very
easily. Two different kinds of hydride phase are normally distinguished: (i) a-Pd hydride, with
a heat of solution of 6.0 — 8.8 kcal/mol (H,), and (ii) B-Pd hydride, with a heat of solution of 9.7
kcal/mol (H,). For bulk Pd, both phases can coexist in equilibrium at normal conditions. In
zeolite, the B-Pd hydride, which decomposes at about 80 °C, is found only after significant
sintering, e.g., when the Pd particles are quite large. The a-Pd hydride is observed with very
small Pd clusters in zeolite, and it decomposes between 0 and 32 °C, depending on the cluster
size.

The negative hydrogen-consumption peaks in TPR at higher temperatures are the target
peaks we are interested in. The peak shifts from about 200 °C to 160 °C in the order of
Pd/USY12, Pd/USY20, Pd/USY40, and Pd/USY80. For Pd/USY12, which has the highest
reduction temperature, 201.3 °C, the USY12 support has more acid sites than does any of the
other supports due to its having the smallest SiO,/Al,O; ratio, 12. The Pd/USY80, on the other
hand, has the lowest reduction temperature, 162.3 °C, where the USY80 support has a smaller
acid-site density due to its having the largest SiO,/Al,O; ratio, 80. In other words, palladium is
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Figure 5. TPR Profiles of Four Different Pd/USY Catalysts

more easily reduced with an increase in the SiO,/Al,O; ratio due to a decrease in the density of
acid sites present in the support.

After the introduction of palladium into zeolite during preparation, the Pd** ions are
favorably coordinated to the framework oxygens during the following calcination. Hence, there
is a strong interaction between the metal particles and the support. Zeolite protons can enhance
the interaction by chemically anchoring small Pd particles. The reducibility of the supported
metal is closely related to the interaction between metal and support, the stronger the interaction,
the more difficult it is to reduce the metal. The USY12 has more acid sites than does any other
USY support due to its small SiO,/Al,O; ratio, making the interaction between Pd and the
support stronger, thereby causing the Pd** ions more difficulty in being reduced. The same
reason can be used to explain the TPR results for the other three catalysts.

1.3.3 TPD Measurement

Figure 6 shows the TPD results of hydrogen over USY-supported palladium catalysts.
There is only one single peak which corresponds to the desorption of H, from the surface of Pd
metal particles. The TPD peak shifts from about 180 °C to 90 °C in the order of Pd/USY12,
Pd/USY20, Pd/USY40, and Pd/USY80, with the same trend as for the TPR peaks. The
Pd/USY12 shows a TPD peak at the highest temperature (185.3 °C), which implies that the
hydrogen is adsorbed on the Pd metal surface more firmly and is more difficult to be desorbed.
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Figure 6. TPD Profiles of Four Different Pd/USY Catalysts

However, there is a much weaker bonding between the adsorbed hydrogen and Pd metal for
Pd/USY80, since hydrogen is desorbed at a very low temperature (91.2 °C).

As mentioned before, reduction of Pd** ions in zeolite cavities by absorbed hydrogen results
in the formation of Pd atoms and protons. While most hydrogen atoms are attached to the O*
jons on the cage wall, some protons will remain attached to Pd atoms or form O*... H*... Pd
bridges. This interaction results in partial electron transfer, thus rendering the Pd clusters
electron deficient. The electron-deficient Pd atoms are prone to capture electrons from the
surroundings or other atoms like hydrogen, which strengthens the interaction between adsorbed
hydrogen and reduced Pd atoms. Moreover, the higher the density of acid sites in the zeolite
support, the more electron deficient the supported noble metal Pd will be, leading to the strong
interaction between the Pd atoms and the adsorbed hydrogen.

The low SiO,/Al, O, ratio of 12 in the support USY12 generates more acid sites, which makes
the Pd atoms in Pd/USY12 more electron deficient. This causes the Pd atoms to adsorb the
hydrogen more firmly. Thus, the hydrogen desorption peak appears at a relatively high
temperature.

The electron-deficient property of active sites also makes the metal more sulfur resistant.
Zeolite protons enhance the metal dispersion by chemically anchoring small reduced Pd
particles. The atomically dispersed Pd combines more strongly with hydrogen and also bonds
less strongly to sulfur so as to inhibit further the poisoning reaction. This is the main reason why



palladium is more sulfur resistant when supported on a more acidic support such as USY12 than
when supported on another support.

1.3.4 Pulse Chemisorption Measurements

Pulse chemisorption is a good method to determine the percent metal dispersion, active
surface area, and active-particle size which are very important factors in the catalytic reactions.
Table 2 shows the pulse chemisorption results for the Pd/USY catalysts, USY12, USY20,
USY40, and USY80. The Pd/USY40 catalyst has a higher metal dispersion than do the three
other USY-supported palladium catalysts. The metal dispersion increases with increasing
Si0,/AlL, O, ratio until reaching a maximum of 70.9043 percent at a SiO,/Al,O; ratio of 40; the
metal dispersion then decreases even though the Si0,/Al,O; ratio continues to increase.

Table 2 Pulse Chemisorption over Pd Supported on Different USY Supports

Catalyst Metal Metallic Surface Area Active Particle

ID Dispersion (%) (m*/g sample) (m?/g metal) Diameter (nm)
Pd/USY12 59.1777 5.2727 263.6354 1.893
Pd/USY20 63.2339 5.6341 281.7058 1.772
Pd/USY40 70.9043 6.3175 315.8773 1.580
Pd/USY80 67.0949 5.9781 298.9068 1.670

The four USY zeolite supports, USY12, USY20, USY40, and USY80, have almost the same
acid strength. Thus, the USY12 support has a stronger acidity than the three other USY supports
due to its larger acid-site density caused by a lower SiO,/Al,O; ratio. Because of the greater
number of acid sites in the USY12 support, after the reduction of Pd* to Pd’, acid sites in
USY12 can hold Pd atoms more firmly and more closely, so that there is a greater chance for
adjacent Pd atoms to touch, overlap, or even agglomerate to form larger particle clusters. This is
a possible reason why the Pd/USY12 catalyst has the lowest metal dispersion and the largest
active-particle size of the four USY-supported Pd catalysts.

The Pd/USY40 has a higher metal dispersion and smaller particle size because the USY40
support has the optimum number of acid sites. It is this optimum acidity which causes the Pd
atoms to be distributed in the USY40 channels as evenly as possible. In other words, a balance
between the concentrations of metal sites and acid sites has been optimized in the Pd/USY40
catalyst. This is also the reason why Pd/USY40 has a higher activity for naphthalene
hydrogenation than does any other USY-supported Pd catalyst, as mentioned before. When the
density of the acid sites decreases further, such as for PA/USY80, the catalyst will have less
metal dispersion and a larger active-particle size, which can be explained by the fact that there
are too few acid sites to distribute the Pd atoms evenly in the zeolite channels.

With increasing sulfur poisoning, naphthalene hydrogenation with Pd/USY 12 shows a higher
sulfur resistance than with the other catalysts. Here, the electronic efficiency of active sites for
this catalyst makes Pd less susceptible to sulfur poisoning. In addition, the metal dispersion
seems to be another factor worthy of attention. Since Pd/USY12 has less metal dispersion than
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does Pd/USY40, there are more Pd atoms in the USY 12 which are sufficiently close to one
another so as to overlap or even agglomerate to form large particles. In other words, the
percentage of the metal atoms which are located on the outermost channel surface and are
directly exposed to sulfur poisoning in Pd/USY12 is less than in Pd/USY40. Therefore, more Pd
atoms are temporarily protected from sulfur poisoning in Pd/USY12 than in Pd/USY40, so that
Pd/USY 12 is more sulfur resistant than any of its peer catalysts.

1.4 Conclusions

In the hydrogenation of naphthalene using the noble-metal palladium supported on zeolites,
the activity, selectivity, and sulfur resistance of the catalysts were found to depend strongly on
the type of support.

A balance between the concentration of metal sites and acid sites was achieved for
Pd/USY40, where we determined the optimum activity and selectivity for the metal/acid zeolite
catalysts.

For hydrogenation of naphthalene in n-tridecane at 200 °C in the absence of added sulfur,
Pd/USY40 is more active and selective than any other catalyst with a different Si0,/Al,O; ratio.
There were substantial numbers of side reactions taking place in the hydrogenation processes
catalyzed by Pd/USY12 and Pd/USY?20.

The addition of sulfur in the form of benzothiophene decreased the activity of all the
catalysts tested. However, there appeared to be some improvement in the sulfur resistance of the
noble metal when it was supported on USY 12 due to its higher acidity.
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2.0 ENHANCING STABILITY OF JET FUELS FROM COPROCESSING
2.1 Abstract

Supported Pt and Pd catalysts were examined for selective hydrogenation of 1-naphthol to
form tetrahydronaphthol (THNol). Five kinds of supports were used: HY zeolite with a
Si0,/Al,0; ratio of 40, HM zeolite with a Si0,/Al,O; ratio of 38, y-Al,0O,, SiO, and TiO,. Among
these five supports, only TiO,-supported catalysts displayed selectivity for 1-naphthol
hydrogenation to 1,2,3,4-THNol. Under the same reaction conditions, Pd/TiO, catalysts showed
a much higher catalytic activity and higher selectivity to 1,2,3,4-THNol than did Pt/TiO,
catalysts, and more tetralin was observed in the product distribution for Pd catalysts. On the
other hand, Pt/TiO, showed a higher selectivity for 5,6,7,8-THNol. By using Pt and Pd bimetallic
catalysts, a much higher selectivity to 1,2,3,4-THNol has been achieved. The product distribution
depends strongly on the Pt/Pd ratio. The selectivity of 1,2,3,4-THNol decreases with an increase
in the Pt/Pd mole ratio. The bimetallic catalyst with a Pt/Pd mole ratio of 0.33 shows the highest
1,2,3,4-THNol selectivity, 22.6 mol percent, at 150 °C, 500 psi, and 60 min. Tetralone was found
to be an intermediate in the hydrogenation of 1-naphthol to 1,2,3,4-THNol. Further
hydrogenation of 1,2,3,4-THNol to tetralin is much faster than that of 5,6,7,8-THNol.

2.2 Introduction

The present work deals with the catalytic production of specific hydroaromatic compounds
as high-temperature stabilizers for jet fuels. Until recently, the major concern in jet-fuel stability
involved only thermal oxidation stability and storage stability, because the current operating-fuel
temperature for all commercial and military jet fuels is below 300 °C, where fuel degradation is
controlled by autoxidation reactions [5, 6]. With the development of high-Mach aircraft, fuel
thermal stability has become crucial [7-10]. Fuel in such aircraft is expected to experience
temperatures in the range of 400 to 500 °C [7-9]. One of the critical problems in developing
thermally stable jet fuels for high-Mach aircraft is the thermal decomposition and formation of
solids from hydrocarbon fuels in the pyrolytic regime [9-13]. Previous studies at Pennsylvania
State University have demonstrated that during the pyrolytic degradation of coal- and petroleum-
derived jet fuels, hydrogen transfer form hydrogen-donors, such as those present in coal-derived
JP-8C jet fuel, could play an important role in suppressing thermal solid formation [10, 14]. In
previous papers [15-18], it has been reported that the formation of carbonaceous materials in jet
fuel can be retarded by hydrogen donors such as tetrahydronaphthalene (THN),
tetrahydroquinoline (THQ), and tetrahydronaphthol (THNol); and aromatic alcohol-type
molecules such as benzyl alcohol and benzenedimethanol. More recent work at Pennsylvania
State University has shown that THNol (especially the 1,2,3,4-isomer) and THN as well as
benzyl alcohol are effective hydrogen donors for capping aliphatic radicals formed at
temperatures > 400 °C while being transformed into relatively stable products [19].

The present work is motivated by the need to produce effective hydrogen donors as high-
temperature fuel stabilizers by selective hydrogenation of aromatic compounds that are abundant
in coal-derived liquids [20]. Hydrogenation of aromatics is exothermic and, therefore,
thermodynamically favored at a lower temperature [21, 22]. However, in conventional
hydrotreating processes, a reaction temperature above 325 °C is typical, which consequently
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results in a relatively higher content of aromatics at equilibrium composition. Conventional
supported Ni-Mo and Co-Mo catalysts become active only at relatively high temperatures.
Consequently, hydrogenation of aromatics at higher temperatures requires higher hydrogen
pressure to offset the limitation of thermodynamic equilibrium conversion.

This study examines the potential of supported Pt, Pd, and their bimetallic catalysts for low-
temperature hydrogenation of 1-naphthol to produce tetrahydronaphthol, particularly 1,2,3,4-
tetrahydro-1-naphthol. The results reveal that by using proper support and bimetallic species, we
can selectively promote the hydrogenation to 1,2,3,4-tetrahydro-1-naphthol.

2.3 Experimental

2.3.1 Catalyst Precursor and Reactant

Catalysts with one metal precursor loaded on different supports were prepared from HY
zeolite with an SiO,/Al,0O, ratio of 40, HM zeolite with an SiO,/Al,O, ratio of 37.5, gamma-
Al,O,, SiO, and TiO,, used as received (see Table 3).They were prepared by incipient-wetness
impregnation of an aqueous solution of either tetraammineplatinum chloride ([Pt(NH;),]Cl,,
Aldrich, 99.995 percent Pt, metal base) or tetraamminepalladium chloride ([Pd(NH,),]Cl,,
Aldrich, 99.995 percent Pd, metal base). Bimetallic catalysts were prepared by the co-
impregnation method using both [Pt(NH;),]Cl, and [Pd(NH,),]Cl,. Following drying in vacuo at
100 °C for 3 hours, the catalysts were calcined in air at 450 °C for 3 hours. For all the catalysts
used, the metal loading was kept at 1 wt percent.

Table 3. Types of Supports and Their Nominal Properties
Surface Area  SiO,/Al,O4 Na,O

Support ID  Material m?/g mol. Ratio wt%  Supplier and Code
Type
HY Y-zeolite 750 40 0.03 PQ-CBV-740
HM mordenite 512 37.5 0.07 PQ CBV-30A
TiO, titania 50 Degussa. P-25
Al O, Y-alumina 203 KF S-1
SiO, Silica-gel 500 Aldrich

2.3.2 Catalyst Characterization

Characterization by TPR was carried out for all the catalysts on a Micromeritics AutoChem
2910 (USA) analyzer. In a typical TPR experiment, about 0.4 g of catalyst was loaded in a U-
shaped quartz adsorption cell. Before a TPR run, the sample was heated in Ar for 30 minutes at
350 °C to remove moisture and impurities and then cooled to room temperature in an Ar flow (10
ml/min). The TPR profile of catalyst sample was recorded by following the temperature program
with a heating rate of 10°C/min between 25 and 500 °C in a 5.12 percent H,-Ar gas mixture.
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2.3.3 Catalyst Evaluation -

Catalyst tests were done in a 25-mL stainless-steel microautoclave reactor. The reactor
system is T-shaped with most of the internal volume residing in the horizontal tube that contains
the catalyst and reactants. The reactor was charged with 0.05 g catalyst, 0.5 g 1-naphthol (TCI,
99.99+ percent), and 2.0 g of n-tridecane solvent. The charged reactor was flushed with H, to the
desired pressure to start the test. The reactor was then mounted on a holder and immersed in a
fluidized sandbath heater. Mixing was accomplished by vertical agitation. At the end of the test,
the reaction was quenched by immersing the reactor in cold water. After cooling, the contents of
the reactor were washed with acetone onto a filter, and the solid was dried. Solution products
were identified by GC-MS (HP5890 GC-HP 5971 MSD) and quantitatively analyzed by GC-
FID. For both GC instruments, the column was a 30 m by 0.25 mm i.d. DB-17 fused-silica
capillary column, and the oven-temperature program was 80 to 290 °C at 6 °C/min. The GC-MS
analysis indicates that the cracking of n-tridecane, if any, was negligible under the conditions
used. Additional details of the analytical procedures are available elsewhere [23].

2.4 Results and Discussion

2.4.1 Effect of Different Supports

Table 4 shows the results of 1-naphthol hydrogenation over monometallic Pt and Pd
catalysts prepared using different kinds of support. All reactions were performed under 500 psi at
150°C; the reaction time was 90 minutes for Pt catalysts and 30 minutes for Pd catalysts. It is
obvious that even over shorter reaction times, a Pd catalyst with a given support shows a higher
catalytic activity than does a Pt catalyst with the same type of support. Both kinds of zeolite-
supported catalysts displayed no selectivity for 1,2,3,4-THNol. Under the conditions employed,
TiO,-supported catalysts appeared to be the only ones showing selectivity for 1,2,3,4-THNol and
a much higher selectivity for total THNL (1,2,3,4-THNol + 5,6,7,8-THNol).

Table 4. Effects of Different Supports

Naphthol Product Yield Distribution (mol%)
Catalysts Conv. wt% 1,2,3,4-THNol 5,6,7,8-THNol Tetralone THN+DeHN
PYHY 33 0 7.6 14.3 7.2
Pt/HM 58.4 0 23.9 16.3 154
Pt/Al,O, 36.9 0 24.2 10.6 2
Pt/TiO, 84 2.8 55.5 12.2 6.6
Pd/HY 59.8 0 15.9 154 28.3
Pd/HM 100 0 23.2 13.1 57
Pd/ALO, 100 1.6 28.2 13.7 55.7
Pd/TiO, 97.8 11.2 34.2 20.5 294
Pd/SiO, 100 0 35.2 0 64.8

All reactions were done at 150 °C, 500 psi
Pt catalysts: 90 minutes; Pd catalysts: 30 minutes
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In an attempt to compare the present results with previous literature data on effects of the
support or supported catalyst, we conducted a literature search using the SCI-Expanded data base
(1986-1999) of the Institute of Scientific Information, but this search yielded no publications on
the hydrogenation of 1-naphthol [24]. Therefore, we cannot compare our results with the
literature. On the other hand, it is known in the literature that TiO,-supported catalysts may have
a metal-support interaction that favors the hydrogenation of oxygen-containing compounds. For
example, Vannice has demonstrated that metal-support interactions (MSI) in Pt/TiO, can
markedly shift selectivity toward the formation of and retention of high selectivity for the
intermediate unsaturated alcohols [25]. It is possible that the MSI between TiO, and metal atoms
caused the regioselective hydrogenation of 1-naphthol.

2.4.2 Hydrogenation of 1-Naphthol over TiO,-Supported Pt and Pd Monometallic Catalysts

Results of 1-naphthol hydrogenation for the TiO,-supported Pt and Pd monometallic
catalysts are shown in Table 5. The product distribution depends strongly on the type of metal
used as well as the reaction conditions. It is apparent that a Pd catalyst exhibits a much higher
activity for 1-naphthol conversion than does a Pt catalyst. On the other hand, the Pd catalyst
yielded more hydrogenolysis products such as tetralin. It should be noted that a Pd catalyst has a
higher selectivity for 1,2,3,4-THNol than does a Pt catalyst, whereas a Pt catalyst presents a
higher selectivity for 5,6,7,8-THNol. By controlling the reaction conditions (200°C, 300 psi or
150 °C, 500 psi), the selectivity of a Pd catalyst for 1,2,3,4-THNol can reach 8 mol percent.

Table 5. Hydrogenation of 1-naphthol over Pt and Pd monometallic catalysts
Temp. Pressure Time Naphthol Product Yield Distribution (mol%)

Catalysts °C psi min. Conv.% DeHN THN Tetralone 1,2,3,4- 5,6,7,8-
THNol THNol

200 300 90 84.2 4.3 13.4 23.7 1.6 52.9
PY/TiO, 200 500 90 100.0 76  25.6 1.9 1.4 47.5
lwt% 200 500 60 554 3.7 94 24.6 2.0 58.6
150 500 60 36.7 5.6 1.0 25.2 2.4 65.7
200 500 30 100.0 43  62.6 1.0 4.1 28.1
Pd/TiO, 200 300 30 100.0 22 594 4.0 7.2 31.5
1wt% 200 300 60 100.0 1.8 593 3.6 8.1 332
150 500 60 100.0 2.1 52.6 0.4 8.0 42.0

The observed product distribution indicates competitive adsorption during simultaneous ring
hydrogenation and C-O bond-cleavage reactions. Process selectivity is interpreted in terms of
reactant/catalyst interactions where naphthol-ring adsorption is viewed as occurring via the
aromatic pi-electron system and/or near the hydroxyl group where the latter interaction promotes
either hydrogenation or hydrogenolysis; the latter represents a direct loss of selectivity with
respect to THNol formation.

15



2.4.3 Hydrogenation of 1-Naphthol over TiO,-Supported Pt and Pd Bimetallic Catalysts

Results for 1-naphthol hydrogenation at 150 °C over Pt and Pd bimetallic catalysts are
shown in Table 6. It is clear that bimetallic catalysts display a much higher selectivity for
1,2,3,4-THNol. Product distribution depends strongly on the Pt/Pd ratio. With an increase of the
Pt/Pd mole ratio, the selectivity for 1,2,3,4-THNol decreases.-Relative to the monometallic Pd
catalyst, the bimetallic catalyst with a Pt/Pd ratio of 0.33 (total metal loading kept at 1 wt.
percent) shows the highest 1,2,3,4-THNol selectivity, reaching 22.6 percent at 150 °C, 500 psi,
and 60 minutes, even though the 1-naphthol conversion decreased by roughly 10 percent.

Table 6. Hydrogenation of 1-Naphthol over Pt and Pd Bimetallic Catalysts
Pressure Time Naphthol Product Yield Distribution (mol%)

Catalysts psi min. Conv.% DeHN THN Tetralone 1,2,3,4- 5,6,7,8-
THNol THNol

300 60 71.6 5.0 10.9 23.1 3.5 54.6

Pt+Pd/TiO, 300 90 74.2 7.4 12.6 24.9 3.9 52.3
1 wt% 500 60 69.0 3.0 9.3 22.4 3.6 59.6
Pt/Pd =3 500 90 89.1 2.4 16.1 12.5 8.8 57.0
300 60 90.3 2.7 12.4 33.1 12.6 38.1

Pt+Pd/TiO, 300 90 99.2 1.9 27.8 9.0 17.6 41.9
1 wt% 500 60 90.8 23 24.5 8.2 22.6 40.8
Pt/Pd=0.33 500 90 100 2.1 40.7 7.8 11.0 38.3

All reactions were done at 150 °C.

TPR characterization results are shown in Figure 7. For single-metal catalysts, Pt displays a
much higher reduction temperature (376.29 °C) than that of Pd (283.14 °C); this is consistent
with the reaction result where the Pd catalyst shows a higher catalytic activity in terms of 1-
naphthol conversion, since all reactions were carried out at a low temperature, 150 °C. When the
two metals are loaded into bimetallic catalysts, the reduction temperatures fall between the
corresponding monometallic ones. There are two possible effects involved in the bimetallic
catalyst system. One is that one metal can prevent the other from agglomerating; the other is that
the two metals can combine and form new species different from the parental ones. It is worth
mentioning that there is a specific peak for the bimetallic catalysts, particularly for the one with a
Pt/Pd ratio of 0:33. The TPR peak has a higher temperature than even the highest single-metal
reduction temperature (Pt, 376.29 °C). This observation suggests that a new bimetallic phase is
formed in this catalyst system, which induces the higher selectivity for the 1,2,3,4-isomer of

THNol.

If Pd is the main metal species in the bimetallic catalytic system that guides the reaction
toward the formation of 1,2,3,4-THNol, the presence of Pt will prevent the agglomeration of Pd
particles during the catalyst preparation and reaction processes. THE H, pulse chemisorption
characterization for both monometallic and bimetallic catalysts was done in order to measure
metal dispersion and metal particle size; the results are shown in Table 7. It is obvious that
bimetallic catalysts display a much higher metal dispersion and smaller metal-particle size
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compared with monometallic catalysts; the one with a Pt-to-Pd ratio of 0:33 has the highest
metal dispersion of all the catalysts tested.
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Figure 7. TPR Characterization Results

Table 7. H, Pulse Chemisorption Results for TiO,-Supported Pt, Pd Catalysts

Catalysts Metal Dispersion  Particle Diameter Metal Surface Area
(nm) (m*/g sample)
Pt/TiO, 30.54 3.71 0.76
Pd/TiO, 18.84 5.95 0.84
Pt+Pd/TiO, (Pt/Pd=3) 66.72 1.70 1.64
Pt-+Pd/TiO,(Pt/Pd=0.3) 106.06 0.89 5.62

2.4.4 Reaction Network

Product analysis for reactions under various conditions indicated that there are three types of
by-products (tetralin, decalin, and tetralone) in the reaction system. In order to understand the
way in which these products are formed, reactions with different time periods, ranging from 2 to
50 minutes, were carried out; the results are shown in Figure 8 for the reaction of 1-naphthol
with hydrogen at 150 °C and 300 psi. At the beginning of the reaction, at 2 minutes with a 1-
naphthol conversion of 22 percent, the yield of THN is zero, and the yield of 1,2,3,4-THNol is
very low, about 1 percent. On the other hand, the yield of both tetralone and 5,6,7,8-THNol is
relatively high compared with other products found; that of 5,6,7,8-THNol is close to 20 percent.
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The results suggest that 1-tetralone and 5,6,7,8-THNol are primary products. The curves
representing 1-tetralone, 1,2,3,4-THNol, and 5,6,7,8-THNol pass through a maximum, which
means that these compounds are intermediates, being converted into one of the other compounds
in the network. At about 15 minutes, the 1-tetralone concentration starts to drop sharply, while at
the same time the concentration of 1,2,3,4-THNol increases significantly. This suggests that
1,2,3,4-THNol may be formed by the further hydrogenation of tetralone. This is confirmed by
the tetralone hydrogenation results shown in Figure 9 . At 25 minutes, as the concentration of
1,2,3,4-THNol decreases, the concentration of THN starts to increase dramatically. The 5,6,7,8-
THNol also contributes to the formation of THN, but in very small amounts since the curve
representing 5,6,7,8-THNol stays relatively steady during the reaction time.

120
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80
/ THN
% 60 /-
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Figure 8. Hydrogenation of 1-Naphthol over Pt+Pd/TiO, (Pt/Pd=0.3) 150 °C, 300 psi

To clarify further the relative reactivity of the intermediates, hydrogenation of the mixture of
the two tetrahydro-naphthol isomers was carried out at the same reaction conditions, 150 °C and
300 psi. The results are shown in Figure 10. Starting with equal amounts of each isomer, the
concentration of 1,2,3,4-THNol dropped to near 0 while the concentration of THN increased to
about 60 percent within the first 5 minutes. On the other hand, the concentration of 5,6,7,3-
THNol stayed relatively stable. A small amount of DeHN was found after 10 minutes. The
relatively higher stability of 5,6,7,8-THNol compared with 1,2,3,4-THNol is the result of the
conjugation effect between the hydroxyl group and the benzene ring.

Hydrogenation of tetralone was carried out using a Pt and Pd bimetallic catalyst with a Pt/Pd
ratio of 0.3 at 150 °C, 500 psi; the reaction results are shown in Figure 9. The 1,2,3,4-THNol and
THN were the only products observed under the conditions employed. It is apparent that 1,2,3,4-
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THNol is an intermediate during the hydrogenation, and its further hydrogenation leads to the
formation of THN.
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Figure 9. Hydrogenation of Tetralone over Pt+Pd/TiO, (1 wt%, Pt/Pd=0.3)150 °C, 500 psi

70
60 / —— ® — TN
50
5 40 i\ /
S \ [ 5,678 THNd
A 30 B —————
20 /\ 1234 THNd
10 / \ DeHN
0 / ; ———— % %

0 5 10 15 20 25
Time (min)

Figure 10. Hydrogenation of THNol over Pt+Pd/TiO, (1 wt%, Pt/Pd=0.3)150 °C, 300 psi

According to these results, we proposed the reaction network for the hydrogenation of 1-
naphthol shown in Figure 11. The reaction pathway is consistent with the one proposed by
others [26-28] for the hydrodeoxgenation of 1-naphthol, except that no 1,2,3,4-THNol was
observed because of the constant H, pressure during the reaction.
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Figure 11. Reaction Network of 1-Naphthol Hydrogenation at Low Temperature

On the basis of the results from this study, a reaction mechanism involving the adsorption of
1-naphthol on the sites surrounding the interface between the noble-metal particles and the
support is proposed. The hydrogenation of phenol to cyclohexanone over Pd/MgO and Pd/Al,O;
was reported by Neri et al. [26]. A higher selectivity for cyclohexanone was found with Pd/MgO
compared with Pd/Al,O;, which is explained by different forms of adsorbed phenol. In this study,
they concluded that the acidity of the support also plays an important role in the selective
hydrogenation of the benzene ring, rather than removal of the hydroxyl group.

2.5 Conclusion

We have established that the catalytic hydrogenation of 1-naphthol can be tailored to
produce more 1,2,3,4-THNol by selecting an appropriate support and noble-metal species. The
catalyst in which Pd is supported on TiO, shows a higher selectivity than does the Pt catalyst.
Relative to hydrogenation with monometallic catalysts, the selectivity for 1,2,3,4-THNol can be
tripled by using the bimetallic catalyst Pt+Pd/TiO, with an appropriate Pt/Pd ratio. Tetralone
was found to be the intermediate in the hydrogenation of 1-naphthol to 1,2,3,4-THNol. Further
hydrogenation of THNol to tetralin and decalin can occur more easily for 1,2,3,4-THNol than for
5,6,7,8-THNol. Therefore, the control of H, pressure, reaction temperature, and time period is
also very important in order to achieve a high 1,2,3,4-THNol selectivity.
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3.0 CATALYST CHARACTERIZATION
3.1 Introduction

Deep hydrogenation of aromatics in distillate fuels reduces the aromatic content of fuels.
This generates decalins, which are desirable components in jet fuels because of their higher
thermal stability and higher density than long-chain alkanes [29-31]. Conventional catalysts for
fuel hydroprocessing are sulfided Co-Mo and Ni-Mo supported on alumina. However, such
catalysts are only active at high temperatures (> 300 °C). Because of the exothermic nature of
hydrogenation, deep hydrogenation at lower temperatures is preferred. Noble metals are the
catalysts of choice for deep hydrogenation and low-temperature hydrotreating. Song and
co-workers found that noble metals can be active and selective for the low-temperature
hydrogenation of aromatics in distillate fuels [32, 33]. The activity of these catalysts mainly
depends on their respective metal dispersion, structure, and morphology. During this reporting
period, we have characterized a series of supported Pt and Pd catalysts by CO and H,
chemisorption, temperature-programmed reduction, and X-ray diffraction methods.

3.2 Experimental

3.2.1 Catalyst Preparation

The supports used were Al,O,, TiO,, HM-38, HY zeolite, and MCM-41. Most of the support
materials were obtained from commercial vendors: Al,O; from Degussa (Aluminum Oxide C);
TiO, from Degussa (Titania P25); HM-38 mordenite from PQ Corporation (CBV 30A); and HY
zeolite from Linde (LZ-Y52). The mesoporous aluminosilicate molecular sieve MCM-41 type
structure was synthesized using aluminum isopropoxide as the Al source and then converted to
the ammonium form by ion exchange. The platinum catalysts were prepared by impregnation
from an aqueous solution of hexachloroplatinate (IV) hydrate, H,PtCl,.xH,O (Aldrich, 99.995
percent Pt, metal basis). The Pd catalysts were prepared by impregnation of PdCl, (Aldrich,
99.999 percent Pd, metal basis) dissolved in dilute hydrochloric acid (sufficient to form soluble
PdCL>). In both cases, water was removed by rotary evaporation at about 60 °C. The catalyst
precursors were dried in an oven at 60 °C overnight, and calcined in an electric furnace at 450 °C
for 4 hours.

3.2.2 CO and H, Chemisorption

Hydrogen and carbon monoxide chemisorption experiments on Pt and Pd supported on Al,O,
were carried out using a Micromeritics AutoChem 2910 instrument. From the experimental
results, metal dispersions were determined. For this purpose, optimum catalyst pretreatment/pre-
reduction conditions had to be determined. Before a chemisorption experiment, 0.5 g of catalyst
sample was loaded into a quartz adsorption cell. The catalyst was pretreated by flowing H, (20
mL/min) following the temperature program: 120 °C: 10 °C/min: hold 30 min/220 °C: 10 °C/min:
hold 30 min/350 °C: 10 °C/min: hold 120 minutes. After the reduction, H, was replaced by a He
flow, and the sample was treated in He for 90 min at 350 °C to remove any residual hydrogen still
present on the sample. After passivating with He, the sample was cooled to room temperature. A
10.3- or 5-percent H,-Ar mixture was used for hydrogen chemisorption, and a 10.1-percent CO-
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He mixture was used as a probe gas for carbon monoxide chemisorption. Both mixtures were
auto-pulse injected onto the catalyst sample.

For the Pt/TiO, and Pd/TiO, catalysts, the experimental procedure was the same as above,
except that these catalysts were pretreated by low-temperature reduction (LTR) at 250 °C and
high-temperature reduction (HTR) at 500 °C to study the implications of a strong metal-support
interaction (SMSI) effect.

3.2.3 Temperature-Programmed Reduction (TPR)

The TPR of various Ni catalysts was carried out on a Micromeritics 2910 AutoChem (USA)
analyzer. In a typical experiment about 0.2 g of a catalyst sample was dried for 12 hours at 120
°C and then loaded into a U-shaped quartz adsorption cell. Before the TPR run, the sample was
heated in Ar for 30 minutes at 350 °C and then cooled to room temperature in an Ar flow (10
mL/min). The TPR profile of the catalyst sample was recorded using the following temperature
program: 25 to 450 °C/ 10 °C/min in a 5.12-percent H,-Ar mixture.

3.2.4 X-Ray Diffraction (XRD)

X-ray diffraction patterns of the catalysts were recorded on a Philips PW 3040 diffractometer
using CuK,, radiation. The tube voltage was 40 kV, the current was 40 mA, and the scanning rate
was 10 °C/min. The sample was carefully ground and fully packed into the X-ray diffraction cell.

3.3 Results and Discussion

The H, and CO chemisorption experiments were carried out on the standard 0.5-wt percent
Pt/Al,O, catalyst using the pulse-chemisorption method. The 0.5-wt percent Pt/Al,O, standard
was supplied by Micromeritics Instrument Corporation (USA), who makes the AutoChem 2910
instrument. Both CO and H, chemisorption showed 42 percent Pt dispersion on Al,O;. These
experimental values were within the range of + 2 percent compared with the reference value given

by Micromeritics (40 percent).

Table 8 shows the chemisorption results for Pt and Pd supported on amorphous supports
(e.g., Al,O, and TiO,) as well as zeolites (HY and MCM-41). The chemisorption in terms of H/Pt
follows the order: Pt/MCM>Pt/HM38>Pt/Al,O,>Pt/HY. A similar trend can be seen for CO
chemisorption. On the other hand, the Pd catalysts show the following order:
Pd/HM38>Pd/MCM>Pd/Al,0,>Pd/HY. However, the difference between Pd/HM38 and
Pd/MCM is very small (Pd/HM38=0.64; PA/MCM=0.61). The chemisorption results obtained on
individual Pt and Pd catalysts are described below.

It can be seen from Table 8 that for 2-wt percent Pt/Al,O;, the Pt dispersion in terms of the
H/Pt value is 0.65, considering the stochiometry of H, chemisorption on Pt to be unity. The
difference in the obtained dispersion values between H, and CO chemisorption, 0.14, can be
ascribed to the dual nature of CO chemisorption on platinum. It is well known that CO can be
chemisorbed on Pt via linear or bridged bonding. At a similar metal loading level for Pd/Al,O,, a
value of 0.41 for H/Pd is obtained. This may be due to the formation of palladium hydride during
H, chemisorption. Close observation of the data in Table 8 shows that there is a clear support
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effect on the Pt and Pd dispersions. For the MCM-41 support, Pt is better dispersed (H/Pt=0.82)
than Pd (H/Pd=0.61), whereas on HY zeolite both Pt and Pd show poor metal dispersion, Pd
being higher  (H/Pd=0.33) than Pt (H/Pt=0.21). For the HM38 support, Pt (H/Pt=0.71) is better
dispersed than Pd (H/Pd=0.64). The differences in CO chemisorption among the various supports
for Pt and Pd can be attributed to the dual nature of CO bonding to the metal (linear and bridged).

Table 8. Chemisorption Data for Al,O,-Supported Pt and Pd Catalysts

Catalyst H/Metal(=Pt or Pd) CO/Metal (=Pt or Pd)
2-wt% Pt/ALLO, | 0.65 0.51
2-wt% PtYMCM | 0.82 0.85
2-wt% PY/HY 0.21 0.23
2-wt% Pt/HM38 | 0.71 0.55
2-wt% Pd/Al1,0, | 0.41 0.46
2-wt% Pd/MCM | 0.61 0.63
2-wt% Pd/HY 0.33 0.35
2-wt% Pd/HM38 | 0.64 0.61

For the 2-wt percent Pt/MCM, the Pt dispersion in terms of hydrogen per Pt atoms (H/Pt) is
0.82, considering the stochiometry of H, chemisorption on Pt to be unity. At a similar metal-
loading level for the Pd/Al,O; catalysts, H/Pd=0.61. This may be due to the formation of
palladium hydride during H, chemisorption [34].

It can be seen from Table 8 that in 2-wt percent Pt/HY, the Pt dispersion in terms of H/Pt is
0.21. At a similar metal-loading level for Pd/HY, a value of 0.33 for H/Pd is obtained.

Table 8 shows that in 2-wt percent Pt/HM38, the Pt dispersion in terms of H/Pt is 0.71. At a
similar metal-loading level for PdA/HM38, a value of 0.64 for H/Pd is obtained. The lower Pd
dispersion might be due to the formation of palladium hydride during H, chemisorption. For the
Pt/HY and Pd/HY catalysts, CO chemisorption values of 0.55 and 0.61 were obtained,
respectively.

Table 9. shows the H/metal and CO/metal values from H, and CO chemisorption for the
Pt/TiO, and Pd/TiO, catalysts. The catalysts were pretreated by LTR at 250 °C and HTR at 500
°C in separate experiments. This was carried out to determine the implications of a SMSI effect
on these catalysts.

It can be seen from Table 9 that for the 2-wt percent Pt/TiO, treated by LTR, the Pt
dispersion is 0.16. For the HTR-treated 2-wt percent Pt/TiO,, the dispersion decreases
significantly (0.04). The difference in the dispersion values obtained for LTR and HTR can be
ascribed to a SMSI for metals supported on reducible oxides (e.g., TiO,). Similar trends can be
seen in CO chemisorption and also for 2-wt percent Pd/TiO, treated under LTR and HTR
conditions. A SMSI results in larger metal particles because of metal site agglomeration on the
support, thus a significant decrease in metal dispersion is observed.
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Table 9. Chemisorption Data (metal Dispersion in Terms of H/M or CO/M) on TiO,-Supported

Pt and Pd Catalysts
Catalyst H/M (LTR) H/M (HTR) CO/M (LTR) | H/M (HTR)
2-wt% Pt/TiO, 0.16 0.04 0.18 0.02
2-wt% Pd/TiO0, |0.14 0.02 0.15 0.02

An important consideration when interpreting CO-chemisorption behavior is that bridge-
bonded CO could be present on the monometallic catalyst. Dorling and Moss [35] found that on
Pt/silica catalysts, the CO chemisorption data in conjunction with XRD and electron microscopy
showed that the ratio of Pt surface atoms to CO molecules varied from 1 to 2 with an increase in
the Pt loading of the catalysts, which modified the size of the platinum particles. However, the
chemisorption of CO at lower metal loading is dominated by linear bonding rather than bridged
bonding. On the other hand, hydrogen dissociatively chemisorbs on platinum at ambient
temperature requiring adjacent sites on the platinum [36]. Because the hydrogen chemisorption
stochiometry for each metal site is unity (H/metal=1), a more accurate measure of metal
dispersion is available for hydrogen compared with CO chemisorption. For Pd catalysts, the
analysis is again complicated by the fact that hydrogen chemisorption leads to palladium hydride
formation. Because of these factors, it is desirable to characterize each catalyst with a different
characterization method in choosing the most suitable catalyst for a specific application.
Temperature-programmed reduction and x-ray diffraction are two important characterization
methods.

3.3.1 Temperature Programmed Reduction (TPR)

The TPR of the standard compound AgO was carried out using a 10.3 percent H,-He gas
mixture and heating from room temperature to 300 °C at a rate of 10 °C /min. A peak maximum
at 110 °C was observed for AgO, which was within the experimental error when compared with
the reference of 115 °C provided by Micromeritics. Hence, the peak maximum of the catalyst
analyzed has a + 5 °C condition range.

The TPR profiles of the 2-wt percent Pt/Al,0; and 2-wt percent Pd/Al,O, are presented in
Figures 12 and 13. It can be seen from Figure 12 that the reduction pattern of the Pt/Al,O,
catalyst shows two peaks, one at 195 °C and the other at 341 °C. A comparison of the intensities
of both peaks shows that most of the Pt is reduced from Pt ™V to Pt° whereas some Pt undergoes a
two-step reduction, from Pt ™ to Pt" and then from Pt” to Pt° at 341 °C. The TPR profile of the
2-wt percent Pd/ Al,O,catalyst is presented in Figure 13. It can be seen that Pd is reduced at 80
°C, resulting in a single reduction peak. The reduction profiles in Figures 12 and 13 show that Pd
is easily reduced at a lower temperature compared with Pt. In the case of palladium, adsorption
of H, gives rise to PdH formation; this may promote its rate of reduction [34].

TPR profiles of 2-wt percent Pt/MCM and 2-wt percent PA/MCM catalysts are presented in
Figures 14 and 15. It can be seen from Figure 15 that the PA/MCM catalyst produces a single
reduction peak at 97 °C. On the other hand, the P/MCM catalyst in Figure 14 shows two
reduction peaks, one broad peak at 77 °C and a high-intensity peak at 317 °C. Comparison of the
peak intensities in Figures 14 and 15 shows that most of the Pt is reduced from Pt " to Pt° at 317
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°C, whereas some Pt undergoes a two-step reduction, from Pt " to Pt" at 77 °C and from Pt to
Pt® at 317 °C. It is known that H, dissociates on the metal surface and adsorbs with a metal-to-

hydrogen stochiometry of unity (H/M=1). The reduction profiles show that Pd is easily reduced
at a lower temperature compared with Pt.
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Figure 12. TPR Profile of 2-wt% Pt/Al,O, Catalyst
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X-ray Diffraction (XRD)

X-ray diffraction patterns of various Pt catalysts are presented in Figure 16. The XRD
patterns of the various Pt catalysts show no characteristic peaks due to platinum. This indicates
that Pt is in a highly dispersed form on these supports. Even if Pt crystallites are formed, they are
too small to be detected by X-rays, i.e., below 40-A crystallite size. In the XRD pattern of the
Pt/Al,0O, catalyst, only peaks due to Al,O, are seen (d=1.394, 1.990, 2.444) [37]. In the case of
Pt/TiO,, peaks due to the anatase form of TiO, are present (d=3.509, 1.895) [38]. In Pt supported
on MCM, HY, and HM38 mordenite samples, only the characteristic patterns of MCM, HY, and
HM38 are present, indicating a high Pt dispersion on these supports. A comparison of the XRD
results with the chemisorption findings shows that Pt is in a dispersed form in all these catalysts.

X-ray diffraction patterns of various Pd catalysts are presented in Figure 17; no characteristic
peaks due to palladium are present. This indicates that Pd is highly dispersed on all of these
supports. Even if Pd crystallites are formed, they are too small to be detected by X-rays, i.e.,
below 40 A. In the XRD pattern of the Pd/Al,0, catalyst, only peaks due to Al,O, are seen
(d=1.394, 1.990, 2.444) [37]. In the case of Pd/TiO,, peaks due to the anatase form of TiO, are
present (d=3.509, 1.895) [38]. In Pd supported on MCM, HY, and HM38 mordenite samples,
only the characteristic patterns of MCM, HY, and HM38 are seen, indicating a high Pd
dispersion. A comparison of the XRD results with the chemisorption findings shows that Pd is in
a dispersed form in all these catalysts.
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Figure 17. XRD Patterns of 2-wt% Pd Catalysts

The observed H/Pt values follow the order: PYMCM>Pt/HM38>Pt/Al,0,>Pt/HY. A similar
trend was observed for CO chemisorption. The Pd catalysts show the trend:
Pd/HM38>Pd/MCM>Pd/Al,O;>Pd/HY. The chemisorption data for Pt and Pd supported on TiO,
imply a strong metal-support interaction (SMSI) following low-temperature and high-temperature
reduction of the catalysts. The Pt and Pd catalysts supported on the zeolites MCM-41 and HM38
show a higher metal dispersion than that for Al,O, and TiO,. Temperature-programmed reduction
studies show that Pd can be reduced easily and at lower temperatures compared with Pt. The XRD
characterization of the Pt and Pd catalysts shows no crystalline peaks due to Pt and Pd, indicating
a high degree of dispersion for both metals.

(a) Pd/ALO; (b) Pd/TiO, (c) PA/IMCM-41 (d) PA/HY (e) PA/HM38

3.4 Conclusions
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4.0 ASSEMBLY OF A 1-LITER STIRRED-TANK FLOW REACTOR

A continuous flow—process reactor system for the direct liquefaction of coal and upgrading
of coal liquids was designed and assembled. The process flow diagram of the system is shown in
Figure 18 while the gas-delivery system is shown in Figure 19. The typical operating conditions
of the system are given in Table 10. Details of this continuous-mode process reactor system
along with its peripheral units are presented below.

The size of the coal particles utilized is small (£ 60 — 200 mesh) in order to reduce mass-
transfer limitations. The solvent used can be a process solvent (middle distillate, decant oil, etc.)
or petroleum resid. A dispersed catalyst will be used instead of a traditional supported catalyst.
The advantages are the need for less catalyst, good control of retrogressive reactions at pre-
conversion conditions thus reducing char formation and catalyst deactivation, reduced reaction
severity, a faster hydrogen transfer rate, improved economics due to enhanced yields of desired
products, and a higher coal conversion.

Table 10. Typical Operating Parameters of the 1-Liter Stirred-Tank Flow Reactor

Coal Liquefaction Reactor | Coal Liquids Upgrading Reactor

Reactor Feed Subbituminous Coal/ Coal Liquids Product from
Bituminous Coal Liquefaction Reactor

Solvent Middle Distillates Middle Distillates

Catalyst MoS, Catalyst from Soluble | Mesoporous Supported Catalysts

Precursors (Dispersed State)

Reactor Temperature 1* Stage: 350 to 400 °C 375 to 440 °C

2™ State: 400 to 440 °C

Reactor Pressure 2,500 psig 2,500 psig
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4.1 Hydrogen Delivery System

The system requires a steady flow of feed gas at pressures of approximately 2,500 psig.
Since the manufacturer’s gas cylinders have a maximum pressure of 2,500 psig, it was necessary
to design a feed-gas compression system. The H, feed gas will flow from the gas cylinders into
an air-driven gas compressor (Haskel, model No. AGT-30/75), where it is compressed to
pressures between 3,400 and 3,700 psig and stored in the compressed-gas storage tanks. The
compressor is capable of compressing the inlet feed gas to pressures as high as 5,000 psig,
depending on the inlet pressure and the desired exit flow rate to the compressed-gas storage
tanks. Air is used as the drive air and supplied through a solenoid valve (Omega, model No. SV-
202). A pressure switch (Omega, model No. PSW-133) measures the pressure remaining in the
H, cylinder manifold. When the manifold pressure decreases to 275 psig, the pressure switch
energizes the gas solenoid valve and shuts it off, thus stopping the flow of gas to the compressor
and effectively turning it off. Downstream of the compressor, a pressure transducer (Omega,
model No. PX-213) measures the H, pressure in the high-pressure accumulators. A process
controller (Omega, DP-25E), using the input from the pressure transducer, opens and closes the
gas solenoid valve (effectively turning the compressor on and off) to maintain the pressure in the
gas accumulators between 3,400 and 3,700 psig. A process diagram for the H, delivery system is
shown in Figure 19.

Safety was first and foremost in the design of the H, delivery system. A separate structure
was built outside of the building that houses the reactor components to accommodate the
compressor, H, cylinders, and accumulators. Figure 20 shows the gas-delivery station and
exhaust fan. A check valve between the H, gas manifold and the gas compressor prevents the
flow of H, back into the manifold. An inert-gas cylinder (N,) is connected prior to the gas
manifold for flushing and leak-detection purposes. Finally, a pressure-relief valve was placed
between the high-pressure accumulators and the distribution panel, so that in the event the H,
pressure exceeds 4,000 psig, the relief valve would burst thereby allowing the H, to vent.
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Figure 20. Gas-Delivery Station

Hydrogen from the gas-delivery station is brought into the liquefaction laboratory by 1/4
inch stainless-steel tubing. At the control panel, there are two manual valves that are used to
determine the flow of reaction gas. Depending on the orientation of the valves, H, can be
introduced to reactor 1 or reactor 3, or both. Front pressure regulators (Tescom, model No. 26-
1023-24-002-008) control the pressure of H,, and mass-flow controllers (Brooks, model No.
5850TR) and a power supply (Brooks, model No. 0152E) control the flow of H,. Pressure
gauges downstream from the pressure regulators display the H, pressure.

4.2 Slurry Feed System

The slurry feed system consists of the feed mix tank, flush tank, recirculation pump, load
cell, and dual slurry feed pumps. The individual components are described below.

The feed slurry to the reactors consisting of coal, dispersed catalyst, and solvent or
petroleum resids, is thoroughly mixed in the 3-gallon slurry-feed mix tank equipped with an
agitator and variable-speed dc motor. The 3-gallon stainless-steel pressure vessel (Pope
Scientific, model No. 10692316) also has a level indicator for visual determination of slurry
levels. The temperature and the pressure in this vessel are maintained at 80 to 100 °C and 50 to
80 psig. The agitator maintains the slurry in suspension along with the recirculation pump.
Directly under the feed-mix tank is the Moyno recirculation pump. This pump, capable of
delivering a 250-psig discharge, works in conjunction with the feed-tank agitator to maintain
solids in suspension.

34



A Totalcomp load cell is used to measure accurately the flow of slurry to the pumps. The
load cell measures the weight of the slurry in the holding tank as it is fed to the slurry pumps. A
manual valve upstream controls the flow of feed to the holding tank. When the load cell
registers that the holding tank is nearly empty, the manual valve upstream is opened and feed is
diverted from the recycle loop into the holding tank. After filling the tank, the manual valve is
closed. Currently the system is not automated, thereby requiring diligence on the part of the
operators. However, contingencies are being made to automate this system.

Slurry from the feed mix tank is fed to the reactors by the slurry pumps (Braun & Luebbe,
model No. N-P31). Each pump is capable of handling a high concentration of solids loading in
slurry (35 wt. percent) at a 3,500-psig maximum discharge pressure and a 315 °C maximum
pumping temperature. The pumps are mounted on a two-tier stand to facilitate a parallel-flow
orientation. Three-way manual valves before and after the pumps allow the operators to change
pumps quickly in the event that one becomes plugged. This design insures minimal disruption to
process runs, as a plugged pump can be cleaned and serviced while the other pump is on-line.

The 5-gallon stainless-steel flush tank (Pope Scientific, model No. 10694316) is used to
flush the entire reactor system between process runs. A light oil is used as the flushing agent.
Figure 21 shows the feed-system components.

Figure 21. Feed-System Components
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4.3 Reactor Components

The main components of the liquefaction system are the 1-L stirred autoclaves (Autoclave
Engineers, model no. 95107403). Each vessel is equipped with a dispersimax turbine-type
impeller that provides agitation. A dc motor controls the speed of the impeller, and an analog
readout displays the revolutions per minute (RPM). Type-K thermocouples, located in
thermowells, measure the temperature in each reactor. Pressure taps are installed on each reactor
so that pressures can be observed from the pressure gauges mounted on the panel. Ceramic
heating jackets encircle each reactor, capable of heating to temperatures of approximately
500 °C. Currently, only the first three reactors are wired with solid-state relays and process
controllers (Omega, model No. CN76000) in order to control temperature. Each reactor is
equipped with a pressure-relief valve rated at 4,000 psig at 25 °C (MAWP: 2900 psig, 480 °C).
The outlets to the pressure-relief valves are hard-plumbed with 1/4 inch stainless-steel tubing
leading to the exhaust hoods.

The first reactor in Figure 18 is the 1% Stage Coal Liquefaction Reactor. Process
temperatures for this reactor are approximately 350 °C. Hydrogen is fed from the H, delivery
system to the reactor through the impeller to increase gas-liquid contact. The H, reacts with the
slurry to form primary products, which include the product vapors and the coal liquids, which
remain in the slurry. The unreacted gas, product vapors, and slurry, along with the product
liquids, flow from the first reactor into the 2™ Stage Coal Liquefaction Reactor.

The 2™ Stage Coal Liquefaction Reactor is the location where the gas and slurry undergo
secondary reactions to form more coal liquids. Process temperatures for this reactor are
approximately 400 to 440 °C. The products from this reactor flow through a manual valve into
the 3" Stage Coal Liquefaction Reactor.

In the 3" Stage Coal Liquefaction Reactor, more coal liquids are formed through secondary
reactions that did not occur in the 2™ stage reactor. This reactor is maintained at the same
process temperature as is the 2 stage reactor. Hydrogen can be fed from the gas-delivery
system to the reactor, if so desired, by the operator to help facilitate secondary reactions. The
product vapors exiting this reactor flow through an air-driven back-pressure regulator (Tescom,
model No. 54-2325Z212A-013 Peek) and a flow meter (Omega, model No. FMA-869-V-H2),
before being vented to the atmosphere. A three-way valve allows a gas sample to be taken prior
to venting.

The final two units are unheated (They have heating jackets if the need to heat them arises in
the future) and are used as collection vessels. A three-way valve controls the flow of products to
either reactor, thereby allowing one reactor to collect samples continuously at process pressures
(2,500 psig) while in the other, the pressure can be let down and the sample collected for
analysis. Vapor products from these reactors flow through an air-driven back pressure regulator
and flow meter similar to the products from the 3™ stage reactor. Reactors 3 through 5, along
with the back-gas-product peripherals, are shown in Figure 22.
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Figure 22. Reactors 3-5, Gas-Product Peripherals

4.4 Data Acquisition System

Process variables, including temperatures, pressures, and load-cell weights, are recorded
periodically with a data acquisition (DAC) system. The DAC system consists of a computer
(AMD K-6 II, 450 MHz), DAC card (National Instruments, model No. 6024E), and software
(National Instruments, LabView).

Temperatures from the five reactors and feed tank, along with the pressure of the
accumulators and the weight of the load cell measuring the holding tank, are recorded at
specified intervals. Reactor pressures are currently logged manually, but there is some
consideration being given to measuring these signals digitally in the future.

4.5 Safety Issues

In addition to the above-mentioned safety features, several other amendments were made in
order to ensure the safety of the operators.

Two large (2.5 by 5 feet) stainless-steel vent hoods were installed above the reactors, one
above the mezzanine level and the other above the sample-collection reactors. An exhaust fan
was purchased and installed outside the liquefaction room adjacent to the gas-delivery station.
The exhaust fan (Hartzel, model No. 032-18-BCI3) is a belt-driven, backward-curved centrifugal
fan, powered by a 1.5 HP, 1,800 RPM motor, capable of delivering 2,800 cubic feet of air per
minute at 2 inches w.c. Based on the volume of the room (roughly 2,200 cubic feet), this fan
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delivers a little over one air exchange per minute. This also provides a face velocity at each
hood of approximately 100 ft/min, well within OSHA acceptable limits.

Continuous toxic-gas air monitors were installed and calibrated. Three sensors, monitoring
hydrogen (Bacharach, model No. 51-8311), hydrogen sulfide (Bacharach, model No. 51-8307),
and combustibles (Bacharach, model No. 51-8317), were mounted near the ceiling in the center
of the room. The hydrogen sensor has a range of 0-2,000 ppm, the hydrogen-sulfide sensor a
range of 0-100 ppm, and the combustibles sensor a range of 0-100 percent. Two Bacharach gas-
sentinel dual-channel control units are wired to the individual sensors and provide readouts and
alarm conditions in the event of a gas release.

Another safety precaution taken was the division of the liquefaction lab by means of a blast
wall. Quarter-inch-thick plate steel was welded to a 2 by 2 inch steel square tube that was
mounted horizontally across the room at a height of 8 feet. This effectively separates the room
into two “partitions”; 2/3 of the room is for reactors and peripherals while the remaining 1/3 is
for control and instrumentation. The blast wall contains the instruments and controls and shields
the operators from the reactor equipment. Figure 23 shows the blast wall (with instrumentation)
as well as the data-acquisition computer and toxic-gas monitors.
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Figure 23. Panel and Instrumentation
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5.0 ASSEMBLY OF A LABORATORY-SCALE FIXED-BED FLOW REACTOR FOR
CATALYTIC UPGRADING AND REFINING OF JET FUELS

5.1 Abstract

Hydrotreating is a critical step in the production of coal-derived, thermally stable advanced
jet fuel. Hydrotreating is important for economic, environmental, and operational reasons. The
professed objectives of this subtask include identifying commercial catalysts of optimal activity
for hydrotreating the prototype jet fuel and generating kinetic data and protocols for the scale-up
of hydrotreating activity for large-scale production of jet fuel. These objectives are to be
achieved by performing experimental studies using a high-pressure, multi-phase flow reactor. A
critical literature survey and the assembly of this reactor were the key aspects of work
accomplished as part of this subtask during the reporting period.

5.2 Introduction

The role of downstream hydrotreating in the quest for coal-derived, thermally stable fuel for
advanced jet aircraft cannot be overestimated. Coal-derived liquids such as the prototype for JP-
900 can be expected to contain substantial amounts of heteroatoms such as sulfur and nitrogen.
As a representative example, certain middle-distillate fuels produced from direct coal-
liquefaction processes contain as much as 0.89-wt percent sulfur and 2.04-wt percent nitrogen
[39]. The use of such heteroatom-containing jet fuels will be severely limited for environmental,
economic, and operational reasons. For example, Mushrush et al. [40] in a recent paper allude to
the possibility of fuel instability because of the presence of organo-nitrogen compounds. The
removal of these heteroatoms from jet fuel via downstream hydrotreating is, therefore, a critical
imperative.

The process of removing heteroatoms, such as sulfur and nitrogen, is generically referred to
as hydrotreating [41-53]. Sulfur removal, specifically, is known as hydrodesulfurization (HDS),
while hydrodenitrogenation refers to removal of nitrogen. Heteroatoms in jet fuel exist as sulfur
(thiophenes, benzothiophenes, dibenzothiophenes, and substituted dibenzothiophenes) and
nitrogen (pyridines, quinolines, and carbazoles) containing organic molecules [54].
Hydrotreating technology was initially, then frequently and extensively, applied to produce clean
petroleum-derived liquid fuels. Hydrotreating catalysts are usually sulfided molybdenum on
alumina promoted by either cobalt or nickel depending on the exact heteroatom being targeted.
Cobalt favored hydrodesulfurization while nickel was effective for hydrodenitrogenation.

Hydrotreating for sulfur- and nitrogen-removal in coal-derived jet fuels will be
accomplished best by multiple-step hydrotreating. This is because of the high concentrations of
heteroatom constituents which can be removed only by using several different types of catalysts
to produce jet fuel that meets environmental and compositional regulations. The necessity for
such a multiple-step hydrotreating protocol is, however, not unique to coal-derived liquid fuels.
Several studies, including two at Penn State [46, 55-57], have demonstrated a similar multistep
hydrotreating protocol to produce clean fuels from petroleum-derived light cycle oil.
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5.3 Subtask Objectives
The specific objectives of this subtask include:

. Evaluation and identification of commercial catalysts for effective hydrotreating of coal- derived,
thermally stable, liquid jet fuel

. Generation of preliminary kinetic data for scale-up of downstream hydrotreating of coal- derived
liquids to produce jet fuel meeting environmental and compositional regulations

There was a need for a comprehensive literature survey on this subject before any experimental
endeavors could be initiated. Thus for most of the reporting period the major pieces of work
executed by the investigators included design, modification, and assembly of the liquid-flow
reactor which would be required for this subtask along with a comprehensive literature survey.

5.4 Literature Survey

Hydrotreating conversions of the prototype jet fuel and the light cycle oil provided by
British Petroleum are to be carried out. For such conversions, it is important to better understand
their detailed composition from the viewpoint of desirable components which should be retained
during deep desulfurization conversions and the sulfur and nitrogen species which have to be
treated to extinction. Although a plethora of sophisticated analytical techniques and procedures
is now widely available, most reported literature on compositional fuels has focussed on
petroleum-derived jet fuels. Most of this literature has been reviewed and attempts to correlate
this to the hydrotreatment of coal-derived jet fuel are underway.

5.4.1 Compositional Features of Jet Fuels

Atmospheric gas oil (AGO) has been the focus of our studies because petroleum-derived jet
fuels best resemble this petroleum fraction which needs to be regulated for sulfur content [53,
58]. Gas oil refers to a petroleum-derived hydrocarbon liquid having a particular boiling range.
There are two types of gas oils—atmospheric and vacuum—distinguished by their boiling
ranges. The AGO has an initial boiling point (IBP) of 228 to 232 °C and end boiling point (EBP)
of 339 to 377 °C as defined by American Society for Testing and Materials. Vacuum gas oils
(VGO) have a boiling range of 340 to 530 °C.

The AGO is primarily composed of straight-chain saturated hydrocarbons with aromatic
hydrocarbons forming the second major class of constituents. Sulfur species form about 5
percent of all molecules in AGO. The presence of other polar, heteroatom (nitrogen and oxygen)
containing molecules (referred to as polars) is minimal [53]. The LCO, obtained primarily as a
byproduct from fluid catalytic cracking (FCC) units, contains nearly equal amounts of saturates
and aromatics. In this case too, sulfur species constitute about 5 percent of all molecules in
LCO. The presence of polars is minimal in LCO. By combining several liquid- chromatography
(LC) separations with GC-MS and using specific GC detectors for sulfur compounds, it has been
possible to identify the majority of individual sulfur species in middle-distillate fuels (which
characterizes jet fuel).
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Pioneering work by the Chemical Inspection and Testing Institute of Japan [53] separated a
light gas oil using conventional LC contacting silica gel to yield three fractions: saturates,
monoaromatics (single-ring aromatics), and multiring aromatics. The fraction containing multi-
ring aromatics was further separated into sulfur-free and sulfur compound—containing fractions
using a procedure developed by Nishioka et al. [S9]. This method uses the ligand exchange
interactions of PdCl, supported on silica gel for effective separation of sulfur species. For the
fraction containing saturates, the carbon number of the components varied from 12 to 25. The
single ring—aromatics fraction was more complicated. The sulfur-free multiring aromatics
fraction was shown to be composed of five classes of alkyl-substituted aromatics.

For the sulfur-containing multi-ring aromatics fraction, more than 70 individual sulfur
compounds, dominated by alkylbenzothiophenes and alkyldibenzothiophenes (both were present
in equal concentrations) were identified using gas chromatography-(AED) and GC-MS. The
number of carbon atoms on benzothiophenes did not exceed 25 and the dibenzothiophene
substituents did not exceed 7.

5.4.2 Reactivity of Polvaromatic Sulfur Compounds

Several research reports have focussed on identifying individual sulfur species in liquid
middle-distillate fuels, their contribution to total sulfur content, and their individual rate
constants at differing reaction conditions. It was observed that the overall kinetics for the HDS
of these species could be described by lumping the rate constants for the individual sulfur species
into four reactivity groups [60-64]. These groups, listed in order of decreasing reactivity, are as
follows:

1. benzothiophenes with no substituents in 2- or 7-position

2. dibenzothiophenes with no substituents in the 4- or 6-position

3. dibenzothiophenes with one substituent in the 4-position

4. dibenzothiophenes with two substituents in the 4- and 6-positions

For these distillates to meet the mandated sulfur specifications, all compounds in groups 1, 2, and
3 will have to be completely desulfurized, and at least half of those in the least-reactive fourth
group will also have to be converted. Several studies using different types of catalysts and
operating conditions have identified 4-methyldibenzothiophene (4-MDBT) and 4,6-
dimethyldibenzothiophene (4,6-DMDBT) as the most refractory sulfur compounds which will
have to be eliminated to achieve deep desulfurization [49, 50, 63-70].

Conversion of sulfur compounds in heavier oils will be much more difficult since
dibenzothiophenes in this cut are present in about twice the concentration of the
alkylbenzothiophenes. The reactivity of thiophenes fused to polyaromatic ring systems, contrary
to popular perception, is higher than those of DBTs because :
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+ molecules containing more than three condensed aromatic systems are easy to hydrogenate
since the puckered hydrogenated ring system will have little steric hindrance for HDS

+ the thiophene ring is probably fused at the end of the ring system, analogous to several
biological thiophene systems which would have a rate constant of HDS similar to that of
benzothiophene, i.e., higher than dibenzothiophene

¢ ahigher degree of condensation does not necessarily lead to higher steric hindrance since the
ring systems may be bent as in the case of 1,2-benzanthracene rather than the straight 2,3-
benzanthracene

Most of the literature on HDS includes studies on model compounds dissolved in inert solvents.
HDS as a commercial process, however, will involve removal of polyaromatic sulfur compounds
(PASCs) from a mixture containing a wide range of molecules and distillation cuts. The PASCs
in fact represent only a small (less than 2 percent of all molecules in a distillate fraction) portion
of the entire fuel. Thus it is important to understand the behavior of other feed components
during HDS in both qualitative and quantitative terms. For example, high temperatures may lead
to the following:

¢ cracking of coexisting fragile molecules such as linear paraffins
¢ alkyl substituents on aromatic rings being cleaved

¢ dehydrogenation and condensation reactions producing gum and polyaromatic hydrocarbons
which impart undesirable color to the product fuel

Similarly, high hydrogen pressures may lead to nonselective hydrogenation of all aromatics, thus
consuming expensive hydrogen in excess [71-76].

Also, it has been reported that nonsulfur compounds affect the HDS rate by competitive
adsorption on the catalytic sites. It has been reported that diaromatic systems, like naphthalene,
inhibit HDS of a variety of PASCs. For feedstocks like VGO, the presence of polars in high
concentrations will have a strong inhibiting effect on hydrogenation and HDS reactions [63,77].

It has been known for many years that the ease of sulfur extrusion from a thiophenic
compound is affected by the presence of alkyl substituents. Almost three decades ago, Givens
and Venuto [78] clearly demonstrated that the position and number of substituents present on
benzothiophene strongly influenced the overall reactivity of the molecule and the degree of
desulfurization. Although this research effort was for hydrocracking applications, its relevance
to hydrotreating jet fuel cannot be questioned. A general trend of reduced reactivity of sulfur
compounds with increasing degree of substitution can be observed. This trend is particularly
pronounced in the case of dibenzothiophenic structures. The initial reports by Houalla et al. [79]
produced clear evidence that ring substitution in the remote positions such as the 2-, 7-, and 8- on
dibenzothiophenes did little to reduce reactivity. It has been recently proposed that steric
inhibition of adsorption on catalyst surfaces is the major cause of such reduced reactivity. Very
recent literature has challanged this hypothesis [66].
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5.4.3 Promoter Effect on HDS

The role of promoters such as cobalt in hydrotreating studies is of great scientific interest.
Cobalt may be present in one of the following three forms after sulfidation:

1. Co,Sg crystallites on the support

2. cobalt ions adsorbed on the edges of the MoS, crystallites (known popularly as the Co-Mo-S
phase)

3. cobaltions in tetrahedral sites in the y—alumina lattice [42, 43, 48, 50, 80-82]

Depending on the relative proportions of cobalt and molybdenum and on the pretreatment, a
sulfided catalyst contains either a relatively large amount of Co,S; or a large amount of the Co-
Mo-S phase. Maossbauer spectroscopic experiments have revealed that the structure of the
catalyst in the sulfided state is a function of the oxidic precursor.

5.4.4 Hydrotreating Flow Reactors

The assembly and design of different hydrodesulfurization/(HDN) reactors have been
studied in detail. Various aspects such as heat and mass transfer, kinetic measurements, and
diffusion limitations were clarified. The literature was also surveyed to determine the best
reactor configuration for this study [83-87].

Vanrysselberghe and Froment [88] studied the hydrodesulfurization of dibenzothiophene on
a commercial CoMo/AlL O, catalyst using a multiphase reactor. The operating conditions were
varied over the following range: temperature, 513-517 K; total pressure, 50-80 bar; molar
hydrogen to hydrocarbon ratio, 1.1-4.1. They used a multi-phase Robinson-Mahoney stainless-
steel upflow reactor capable of handling temperatures of 623 K and pressures of 140 bar.
Temperatures were measured by thermocouples; a back pressure regulator was installed after the
cyclone; and a mist eliminator was used for gas-liquid separation. The feed was pumped using a
high-pressure Spectra-Physics pump, and the feed measurements were carried out using Brooks
mass-flow controllers. An online GC was also present.

Other researchers [84, 86] studied hydrodesulfurization of Kuwait atmospheric residuum
using a series of alumina-aluminum phosphates (AAP) in a cocurrent down-flow trickle-bed
reactor at 663 K and 7582 kPa. The reactor used a Mity-Mite back pressure regulator and a Lewa
proportioning pump for the feed, which was measured using Brooks mass-flow controllers. This
reactor was unique in using a wet-test meter after the back-pressure valve to measure the extent
of gas-liquid separation.

5.5 Experimental

The principal feedstocks for this work will be the prototype for JP-900 being produced from
coal-tar blending and petroleum-derived jet-fuel base stock, i.e., LCO provided by British
Petroleum (BP) for baseline, reference experiments. Commercial catalysts, chosen after
considering the desired properties of the product fuel in consultation with commercial catalyst



suppliers, will be used for these studies. Two particular commercial catalysts have already been
acquired.

All studies will be carried out on a fixed-catalyst-bed, high-pressure, liquid-flow reactor as
outlined in Figure 24. The liquid feed, jet fuel in this case, is pumped through a high pressure
liquid-chromatography pump into the reactor using hydrogen pressure. Hydrogen-sulfide gas is
used for in situ sulfidation of the commercial catalyst. Methane is to be used as an internal
standard for gas-chromatography analysis. Gas flows are to be controlled and measured by
mass-flow controllers while the pump will measure the liquid feed. The high pressure in the
reactor will be developed using a back pressure regulator. The reactor effluents are characterized
and analyzed using an off line GC.

The reactor is planned to be controlled using a data-acquisition system. This reactor system
was designed after an extensive review of available commercial reactor systems and
components, and experimental reactor systems involving high-pressure and liquid flow already
in operation at Penn State. A commercial high-pressure equipment manufacturer delayed the
reactor design and assembly because of a flawed reactor-tube fabrication. The reactor tube had
to shipped back for changes which caused considerable delay.

It is now well established that 4-methyldibenzothiophene and 4,6-dimethyldibenzothiophene
are the sulfur-containing organic compounds with the lowest reactivity and without whose
desulfurization jet fuel will not meet requisite regulatory and compositional standards.
Consequently these sulfur-containing molecules will be used as model compounds for obtaining
hydrodesulfurization conversion, selectivity, and kinetic data for commercial catalysts.
However, these model compounds are not commercially available and will need to be
synthesized in-house. Experimental apparatus design and chemicals were ordered to carry out
these organic syntheses during the reporting period.
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Figure 24. Fixed-bed, high-pressure, liquid-flow reactor for catalytic hydroprocessing.
1. Oxygen Traps / Gas Purifiers; 2. Gas Mass Flow Controllers (MFCs); 3. Valves;
4. Furnace; 5. Reactor; 6. Liquid sampling; 7. Back Pressure Regulator; 8. NaOH
Scrubber (before venting off H,S gas)

5.6 Conclusions

The reactor assembly is virtually complete, and detailed experimental studies are in
progress. The comprehensive literature survey executed during the reporting period, glimpses of
which have been provided above, provides a sound basis for developing an accurate and scalable
hydrotreating protocol for the large-scale commercial production of advanced jet fuel.
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6.0 ASSEMBLY OF A HIGH-PRESSURE, HIGH-TEMPERATURE CELL FOR IN SITU
FT-IR CHARACTERIZATION OF CATALYSTS AND REACTION INTERMEDIATES
UNDER REACTION CONDITIONS

6.1 Introduction

The elucidation of the nature of active sites on solid catalysts and the estimate of their
concentrations is extremely important in order to develop better catalysts. Due to the complexity
of the catalyst surface and the extreme working conditions of some industrial catalytic systems, it
is no small task to characterize the catalysts in situ. Traditionally, techniques such as X-ray
diffraction, X-ray photoelectron spectroscopy, and Fornier-transfer infrared have been used to
probe the structure of solid catalysts and to develop structure-activity relationships. However,
most of these techniques have been carried out under atmospheric conditions or under vacuum.
Very few studies have focussed on the characterization of the catalysts in the actual reaction
conditions where high temperature and high pressure are present. The conditions experienced by
the catalyst during actual reactions are very different from those under which it is usually
characterized. The catalyst can undergo changes during the reaction in the form of structural
reorganization and changes in the active-site concentrations. This can have a direct impact on the
structure-activity relationships of the catalyst. Therefore, in situ studies are of immense
importance, because the information obtained about the structure can be directly correlated with
the performance of the catalyst under reaction conditions. As a consequence, the development of
new catalysts, their optimization, and the localization of their optimum working conditions can
be predicted accurately, rather than through trial and error.

In situ FTIR has made an important contribution toward catalyst characterization. However,
almost all the studies have been performed under ambient conditions. Some high-temperature,
high-pressure studies have been described in the literature [89-94]. However, most of these
studies are based either on transmission cells or on diffuse-reflectance techniques (DRIFTS). A
major problem with such systems is that there is very strong absorption in the same region due to
gas-phase molecules. This problem is even greater at high pressures since the high gas
concentrations and the long path lengths lead to intense gas-phase absorption, which makes the
study of adsorbed species difficult and unreliable, if not impossible [95]. Another important
disadvantage is the fact that in transmission cells, the sample has to be pressed into a thin wafer
by application of high pressure, which can collapse the catalyst structure leading to diffusional
limitations of the probe molecules and reactants inside the catalyst pores. In order to counter
these difficulties, the use of cylindrical internal reflectance (CIR) cells has been proposed [96,
97].

The primary objective of the work proposed in this subtask involves the fabrication of a
stainless-steel, high-pressure, high-temperature IR cell and the assembly of an in situ FTIR probe
for the characterization of catalysts and reaction intermediates under reaction conditions.
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6.2 Experimental

Description of the High-Temperature, High-Pressure FTIR Cell

The in situ high-temperature, high-pressure FTIR cell is based on a design 